Feedforward and Feedback Control of a
Solution Copolymerization Reactor

A control system is designed for a copolymerization reactor using a
combination of feedforward, ratio, and feedback control to regulate
polymer production rate, copolymer composition, molecular weight, and
reactor temperature. The solution copolymerization of methyl methacry-
late and vinyl acetate in a continuous stirred tank reactor is used as an
illustrative example with the kinetic parameters and reactor operating
conditions obtained from the literature. The process includes equipment
to recycle unreacted monomers and solvent. The recycle stream intro-
duces disturbances to the reactor feed, which perturb the polymer prop-
erties. A feedforward control strategy is proposed to counter these dis-
turbances, and its effectiveness is demonstrated using the model. The
mathematical model is used to investigate input/output control pairings
in order to identify the fundamental nature of the solution copolymeriza-
tion control problem and to determine the best control system structure.
The combined feedforward/feedback strategy is tested on a nonlinear
model of the process for set point changes and compensation of
unmeasured reactor disturbances. The performance of the control sys-
tem design was quite good, and such designs have been found success-
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ful in plant operations.

Introduction

The manufacture of synthetic polymers is an important seg-
ment of the chemical industry with a production of over 100 bil-
lion kg annually (Ray, 1986). These polymers are produced in
many different reactor types by different kinetic mechanisms,
which result in complex and interesting control problems. A
very important method of polymer production is free radical
solution polymerization in a continuous stirred tank reactor
(CSTR). Recently, as traditional homopolymer businesses have
matured and differentiation of product offerings has become
important, production of specialty copolymers has increased sig-
nificantly. Copolymers provide unique mechanical, physical,
and chemical properties for the end user.

Increased competition and emphasis on product quality have
made the earlier methods of recipe control inadequate. Recipe
control implies that the reactor operating conditions are updated
infrequently based on product analysis from the laboratory.
Improvements in control hardware and advances in control the-
ory have provided new tools to attack the polymerization control
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problem. These new tools are necessary because the control of
polymerization reactors is a tough and complex problem. Some
of the reasons for this complexity are the paucity of on-line sen-
sors for product quality monitoring, the extreme sensitivity of
the steady state of many types of polymerization reactors to
small changes in parameter values or operating conditions, and
the highly interactive nonlinear dynamic behavior often exhib-
ited by these reactors.

Recent developments in polymerization reactor control have
been critically reviewed by Ray (1986) and Elicabe and Meira
(1988). An industrial perspective on reactor control has been
presented by Schnelle and Richards (1986) and by Richards
and Schnelle (1988). The following approaches to the control of
polymerization reactors have been discussed in the literature:

® The development of optimal trajectories for the manipu-
lated variables. For example Ray (1967), Ray and Gall (1969),
Hicks et al. (1969), and Tsoukas et al. (1982) investigated nar-
rowing the molecular weight distribution or the copolymer com-
position distribution in batch and semibatch solution polymeri-
zation reactors by manipulating temperature, monomer, and
initiator addition during the batch. Manipulated-variable tra-
jectories were generated, which transformed the control prob-
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lem into an optimization problem. However, the absence of feed-
back from the controlled variables makes this strategy vulnera-
ble to model inaccuracies and disturbance effects.

e The use of nonlinear state estimation techniques to esti-
mate infrequently measured control variables. For example, Jo
and Bankoff (1976) utilized an extended Kalman filter to obtain
estimates of conversion and weight average molecular weight in
an experimental solution polymerization of vinyl acetate carried
out in a small glass CSTR. Schuler and Zhang (1985), at the
simulation level, considered the estimation of temperature, mon-
omer and initiator concentrations, and the first three moments
of the polymer chain length distribution for the free radical
polymerization of styrene. Later experimental studies (Schuler
and Papadopoulou, 1986) confirmed their simulation results.
Arriola and Ray (Ray, 1986) considered the question of state
estimation using both on-line and off-line delayed measure-
ments to estimate the MWD and branching distribution in a
polymerization reactor.

e The evaluation of specific feedback controllers. For exam-
ple, Kwalik (1988) used the multivariable adaptive controller of
Vogel and Edgar (1988) to control the reactor monomer concen-
tration and temperature in the solution homopolymerization of
methyl methacrylate in a CSTR. Their simulations indicated
acceptable performance in the presence of noise and load
changes but detected difficulties, particularly in the multiple
steady state region, where the interactions are stronger.

An additional complication in the control problem occurs
when the unreacted monomers and solvent are recycled back to
the reactor. In this case, the fresh (or make-up) feeds are the
manipulated variables along with reactor jacket temperature.
The recycle stream is necessary for economic reasons and occurs
frequently in commercial polymer reaction processes.

In this paper, the polymerization control problem is addressed
for the cases where reactor design and operation have been
chosen to avoid the problems of parametric sensitivity, complex
dynamics, and process runaway. The reactor operating point
was, therefore, designed to be open loop stable so as to avoid con-
trolling around an open loop unstable operating point. The con-
trol system design procedure reflects the industrial experience of
the authors. Table 1 is an outline of the design methodology that
was followed. A detailed nonlinear model of the reactor and the
recycle system was derived from first principles. A feedforward
control strategy was developed and tested on the model to coun-
ter disturbances in the recycle stream. The reactor output vari-

Table 1. Control System Design Methodology

Copolymerization Process Model
® Development of process nonlinear model
@ Design of steady-state operating point

Feedforward Control of Recycle
® Design of feedforward controllers
@ Check disturbance rejection

Feedback control of polymer properties and rate

® Obtain process and disturbance transfer functions

® Analyze control structure/pairings using singular value de-
composition and relative gain array

® Obtain minimum realization linear state space model

® Tune PI controllers for setpoint changes by integration of
state space model

® Check setpoint and disturbance rejection on nonlinear model
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ables were identified as the polymer production rate, composi-
tion, molecular weight, and reactor temperature. The nonlinear
model was used to identify transfer functions for various possi-
ble choices of manipulated variables. These transfer functions
were used to select the appropriate feedback reactor control
structures by ranking various candidate structures according to
their condition number (Morari, 1983), minimum singular
value (Yu and Luyben, 1986), and relative gain array (Bristol,
1966). Four proportional-integral (PI) controllers were tuned to
control the reactor outputs using the selected manipulated vari-
ables. The feedback strategy was implemented hierarchically
above the feedforward level. That is, the outputs from the feed-
back controllers are inputs to the feedforward controllers as can
be seen in the subsequent discussion of Figure 1. The control
performance was tested on the nonlinear model for setpoint
changes and rejection of disturbances around the steady-state
reactor operating point. In what follows we shall demonstrate
the performance of this approach using an example solution
polymerization process.

Development of Process Model

Figure 2 is a flow diagram of a copolymerization reactor with
a recycle loop. Monomers A and B are continuously added with
initiator, solvent, and chain transfer agent. In addition, an inhib-
itor may enter with the fresh feeds as an impurity. These feed
streams are combined (stream 1) with the recycle stream
(stream 2) and flow to the reactor {stream 3), which is assumed
to be a jacketed, well-mixed tank. A coolant flows through the
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Figure 2. Copolymerization reactor with recycle.

jacket to remove the heat of polymerization. Polymer, solvent,
unreacted monomers, initiator and chain transfer agent flow out
of the reactor to the separator (stream 4). Here, polymer is
removed from the stream (stream 6). In our study, residual ini-
tiator and chain transfer agent are also removed in this step. In
actual processes, the separator often involves a series of steps
which may include dryers and distillation columns. In our pres-
ent example, unreacted monomers and solvent (stream 7) then
continue on to a purge point (stream 8) which represents venting
and other losses. Purging is required to prevent accumulation of
inerts in the system. After the purge, the monomers and solvent
(stream 9) are stored in the recycle hold tank which acts as a
surge capacity to smooth out variations in the recycle fiow and
composition. The effluent (stream 2) recycle is then added to the
fresh feeds.

The nonlinear mathematical model which describes the lig-
uid-full reactor is presented in detail in the Appendix. It was
assumed that a properly tuned Proportional Integral (PI) con-
troller can be used to manipulate the coolant flow rate in order
to obtain any value of the reactor jacket temperature. Therefore,
in the discussion of the selection of a control structure for the
reactor, the jacket temperature and not the coolant flow rate
was one of the manipulated variables. The separator and hoid
tank are described as isothermal first-order lags with constant
level and residence time equal to the reactor residence time.
These assumptions eliminate the need for level controllers. In
actual practice, these pieces of equipment would be subject to
some inventorying and deinventorying. However, this detail was
not considered important for the purposes of this paper. The
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purge is characterized by a constant valve setting for the ratio of
stream 8 to stream 7.

In this study, monomer A is methyl methacrylate, monomer B
is vinyl acetate, the solvent is benzene, the initiator is azobisiso-
butyronitrile (AIBN), and the chain transfer agent is acetalde-
hyde. The monomer stream may also contain inhibitors such as
m-dinitrobenzene (m-DNB). This system is interesting, because
methyl methacrylate is much more reactive than vinyl acetate in
copolymerization, as indicated by their respective reactivity
ratios of 26 and 0.03, although the reverse is true in homopoly-
merization.

The steady-state operating point was designed by the follow-
ing procedure. The important reactor output variables for prod-
uct quality control are the polymer production rate (G,;), mole
fraction of monomer A in the copolymer (Y,,), weight average
molecular weight (M,, ), and reactor temperature (7,). The
inputs are the reactor flows of monomer A (G,), monomer
B (Gy), initiator (Gys), chain transfer agent (G,/), solvent (G,,),
inhibitor (G,,), the temperature of the reactor jacket (7;), and
the temperature of the reactor feed (7). The reactor, separa-
tor, and hold tank contained at startup pure solvent preheated to
353.15 K. The inputs to the nonlinear model were then varied in
order to obtain acceptable steady-state values for the output
variables. The steady-state operating conditions are summa-
rized in Table 2. Under these conditions, the reactor residence
time is §, = 6 h and the overall reactor monomer conversion is
20%. These operating conditions ensure that the viscosity of the
reaction medium remains moderate. Table 2 also indicates that
the temperature of the reactor feed T, is practically equal to the
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Table 2. Steady-State Operating Conditions
Inputs
Monomer A (MMA) feed rate G, = 18kg/h
Monomer B (VAc) feed rate Gy = 90kg/h
Initiator (AIBN) feed rate Gy,=0.18kg/h
Solvent (Benzene) feed rate Gys=36kg/h
Chain transfer (Acetaldehyde) feed rate Gy=27kg/h
Inhibitor (m-DNB) feed rate G,=0.
Reactor jacket temperature T,-336.15K
Reactor feed temperature T, =35315K
Purge ratio £ =0.05
Reactor parameters
Reactor Volume V.= 1m
Reactor heat Transfer Area S,=46m’
Outputs
Polymer production rate G, = 23.3kg/h
Mole fraction of A in polymer Y,,=0.56
Weight average molecular weight M, = 35,000
Reactor temperature T,=35301K

reactor temperature 7T,, because we have chosen to simulate
reactor operation with a preheated feed where the sole source of
heat removal is through the jacket.

Feedforward Control of Recycle

The presence of the recycle stream introduces disturbances in
the reactor feed which perturb the polymer properties. The
objective of the feedforward control is to compensate for these

Polymerization Rate
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T
Molecular Weight
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T

disturbances by manipulating the fresh feeds in order to main-
tain constant feed composition and flow to the reactor. Feedfor-
ward control of the recycle stream allows the designer to sepa-
rate the control of the reactor from the rest of the process.

The feedforward control equations were obtained by writing
component material balances around the recycle addition point.
That is, for each component, stream 3 = stream 1 + stream 2
(see Figure 1). For example, for monomer A this mole balance
is:

FaSIFa1+ya2F2 (1)

The symbols used in this paper are detailed in the Notation.
Equation 1 is then solved for the fresh feed of monomer A since
it is desired to keep the goal flow of monomer A to the reactor
(F,3) constant:

Fo = Fi — yoF, (2)

The recycle composition (y,,) is typically measured by on-
line gas chromatographs (GC’s) which may have significant
time delays. Flow (F),) is typically measured and controlled by
manipulating the recycle valve to maintain the desired inventory
in the hold tank. Any disturbances in the recycle composition
(¥a2) or flow (F,) will cause variations in the fresh feed in order
to keep the reactor feed (F,;) constant. Since only monomers A
and B and solvent are present in the recycle, only these three
components have feedforward control equations. As a final con-
sideration, if Eq. 2 causes the solvent fresh feed (F;,) to go nega-
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Figure 3. Open-ioop output variable response to a purge disturbance.
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tive, the value of F, is set to zero. This case of controller output
saturation will be discussed later.

The performance of the feedforward controllers is illustrated
by examining the response of the output and manipulated vari-
ables to a pulse disturbance of the purge ratio that occurs while
the reactor operates at steady state. This purge ratio was con-
stant at 5% until 7 = 3, then increased to 30% until 7 = 10, and
then at that point brought back to 5%. Figures 3 and 4 illustrate
the open loop output and manipulated variable responses to this
disturbance without any feedforward controller action. The four
output variables in Figure 3 are plotted as fractions of their
steady state values as indicated by a prime (). They, therefore,
approach unity at steady state. The time axis is scaled by the
steady-state reactor residence time, v = £/6,. The component
flows are plotted as fractions of the steady-state value of the flow
of that component to the reactor. The reactor jacket tempera-
ture is plotted as a fraction of its steady state value. When the
purge ratio is changed the composition of the recycle stream is
unaffected. However, the total recycle flowrate is changed and
causes variations in the flowrates of monomers and solvent to the
reactor. As shown in Figure 3, the reactor output properties vary
from their steady-state values and return to their original values
only after a long time (7 > 50). This open loop dynamic behav-
ior results directly from the presence of three lags in series (reac-
tor, separator, hold tank) each of which is equal to the reactor
residence time.

When the feedforward controller described above was turned
on, and the same purge disturbance was introduced to the pro-
cess, the reactor outputs remained absolutely constant. Figure 5
illustrates how the fresh feeds are being manipulated to main-
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tain the composition and flows to the reactor constant through-
out this disturbance. In this case, fresh solvent flow was
increased and is in no danger of saturating. It should be pointed
out that the flows of the initiator and of the chain transfer agent
as well as the reactor jacket temperature are not being manipu-
lated during the implementation of feedforward control. There-
fore, the three curves on the bottom right half corner of Figures
4 and 5 are identical.

Design of Feedback Controliers for Polymer
Properties and Production Rate

The design procedure used in this study to select a control
structure is based on ranking various candidate structures
according to the condition number (Morari, 1983), minimum
singular value (Yu and Luyben, 1986), and relative gain array
(Bristol, 1966) of the process transfer function for that specific
structure. The same design procedure has been used by Levien
and Morari (1987) to design multivariable controllers for distil-
lation columns. Use of the CONSYD package of control system
design programs (Holt et al., 1987) in conjunction with the non-
linear model expedited significantly this part of the design pro-
cedure.

The first issue which arises in the control design is the specifi-
cation of four manipulated variables to control the four previ-
ously specified output variables. Based on engineering consider-
ations, the selected candidates are the flows of monomer A
(G,), monomer B (G,), initiator (Gy), chain transfer agent
(Gy), and the reactor jacket temperature (7;). Based on experi-
ence with polymerization processes, ratios (Gu/ Gy), (Gy/ Gy,
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Figure 4. Open-loop, uncontrolled response of recycle flows and reactor inputs to a purge disturbance.
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Table 3. Process Transfer Function for Flow Inputs
G; Gy
Y‘—’f Gaf
@ |- [ABCDE]|G]
M W +
rf Ty
r Tj+
A B C D E
0.34063 0.20527 0.49882(0.49849s + 1) 0 6.4595(0.89968s + 1)
0.84942s + | 0.4195s + 1 0.12424s* + 0.40242s + 1 0.065739s + 0.29708s + 1
—-0.41613 0.66018 —0.29677 0 —~3.7235
241275 + 1 1.5098s + 1 1.4471s + 1 0.79590s + 1
0.29682 0.49084 —0.71493 —~0.19626 —~4.7145
254475 + 1 1.5443s + 1 1.3517s + 1 271105 + 1 0.075213s% + 0.40798s + 1
1 o C 0 0 0 1.0252(0.22710s + 1)
0.072732s + 0.30978s + 1

1

and (G,/G,,) were chosen as additional candidates for manipu-
lated variables.

Using the CONSYD package, step tests were performed on
the nonlinear reactor model and transfer function elements were
fitted by least squares to the responses of the output variables for
all choices of manipulated variables. In all cases, the denomina-
tor polynomial of the transfer function was restricted to first or
second order. More details are provided in the Supplemental
Material. Tables 3 and 4 summarize the transfer functions
obtained from this procedure. In the transfer function, elements
with gains below a certain level were neglected. Inspection of
Tables 3 and 4 suggests that the selection of flow ratios as
manipulated variables reduces interactions among the output
variables. However, more analysis was required to determine
this more precisely.

Promising combinations of four manipulated variables se-
lected from the eight candidate variables are listed in Table 5.
For example, structure ABCD corresponds to columns ABCD
of the transfer function matrix shown in Table 3. In order to

minimize the number of realistic candidate structures, either
actual flows were used as manipulated variables, or all flows
were ratioed to the flow of monomer B.

For each of the structures of Table 5, there are 4! possible
ways that the selected four manipulated variables can be paired
with the four output variables. All these pairings have the same
zero frequency condition number and minimum singular value.
However, the diagonal elements of the relative gain array
(RGA) matrix are different for each pairing indicating different
degrees of steady-state interaction. Therefore, each selection of
four manipulated variables was paired to the output variables in
a way that yiclds diagonal elements in the RGA as close to unity
as possible and is therefore the “best” pairing.

The remaining columns of Table 5 show the zero frequency
minimum singular value and the condition number for both the
original scaling of manipulated variables and the “optimal”
scaling. The condition number of a matrix is defined as the ratio
of its maximum singular value over its minimum singular value.
For a multivariable system, the condition number and the mini-

Table 4. Process Transfer Function for Ratio Inputs
G Gy
Ve (Guo/ Gyy)™
M |=IF B CDE](G,/Gy)*
Tf“' (Gy/Gy)*
r T}f
F B C D E
0.98711(0.12011s + 1) 0.20527 0.49882(0.49849s + 1) 0 6.4595(0.89968s + 1)
0.065948s + 0.36662 + 1 0.4195s + 1 0.12424s* + 0.402425 + 1 0.065739s* + 0.29708s + 1
0 0.66018 —0.29677 0 —3.7235
1.5098s + 1 1.4471s + 1 0.79590s + 1
—-0.16099 0.49084 —0.71493 —-0.19626 —4.7145
0.908165s + 1 1.5443s + 1 1.3517s + 1 2.711s + 1 0.075213s% + 0.40798s + 1
0 0 0 0 1.0252(0.22710s + 1)
0.072732s* + 0.30978s + 1
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Table 5. Analysis of Control Structure and Input/Output Pairings
Original Scaling Optimal Scaling
Best diag
Structure (RGA) Omin o'mnl/amin O min amax/amin

ABCD — 0.0 @ 0.0 ®
ABCE (0.28, 0.66, 0.57, 1.0) 0.09673 92.37 0.442 5.57
ABDE (0.72,0.72,1.0, 1.0) 0.01629 546.0 0.231 9.837
ACDE (1.95,1.95,1.0,1.0) 0.02575 346.6 0.1263 18.86
CBDE (0.84,0.84, 1.0, 1.0) 0.03765 237.3 0.3142 7.951
FBCD — 0.0 oo 0.0 o
FBCE (1.24,1.59,1.79, 1.0) 0.1137 78.87 0.2983 8.321
FBDE (1.0, 1.0, 1.0, 1.0) 0.09755 91.50 0.4796 4.777
FCDE (1.0, 1.0, 1.0, 1.0) 0.03649 245.5 0.2890 8.455

mum singular value are measures of the difficulty of the control
problem and the innate robustness of the dynamic system. The
optimal scaling minimizes the condition number over all possi-
ble scalings and all frequencies (Morari, 1983). Figures 6 and 7
show the frequency dependence of the singular values and the
condition number with original scaling for structure FBDE.
These figures show that the condition number is practically con-
stant at low frequencies but increases significantly in the high-
frequency regime to indicate that the control problem becomes
more difficult. All other structures showed a qualitatively simi-
lar frequency dependence.

Examination of the condition number of Table 5 shows that
the two structures with the lowest condition number are FBCE
and FBDE. These two structures use ratios as manipulated vari-

ables and result in superior control. The only difference between
them is that in structure FBDE the ratio of chain transfer agent
to monomer B is used to control molecular weight, whereas in
structure FBCE the ratio of initiator to monomer B is used to
control molecular weight. However, the diagonal RGA of struc-
ture FBCE indicates some steady state interactions. Although
structure FBDE has a slightly higher unscaled condition num-
ber, it has smaller steady state interactions, the smallest scaled
condition number, and the largest minimum singular value.
Therefore it was chosen as the best structure.

After the selection of a control structure, feedback controllers
were designed to control the outputs using the selected inputs as
manipulated variables. Although there are many possible con-
trollers, four single input/single output proportional integral
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Table 6. Tuning Constants for Selected Control Structure*

Manipulated Output K 1/7;
Gy G 2 4
(Gy/ Gy} Y, 2 1
(Gy/Gy)? M, -6 1
T} T} 0.2 6

*Controller reset time 7; is reported as a fraction of the reactor residence time.
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(PI) controllers were chosen because of their simplicity. This
selection does not preclude the later use of a multivariable con-
troller if the performance of the P{ controller is not satisfactory.
The transfer function matrix FBDE was converted to a linear
state space model using a minimal realization procedure (Holt
et al., 1987). The PI controllers were tuned on the linear model
by observing the output response. The interaction index pro-
posed by Economou and Morari (1986) indicated that the tem-
perature loop is dominant, interacts with the other loops, and
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Figure 8. Response of output variables to composition setpoint change.
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should therefore be tuned conservatively. This interaction mea-
sure also indicated that it was possible to tune the remaining
three loops tightly. Table 6 summarizes the values of the
selected tuning constants.

Figure 1 is a block diagram of the combined feedforward
feedback strategy. It illustrates the hierarchy of levels of control
which allows each level to be tested independently for its contri-
bution to the overall performance and leads to a more easily
maintainable system in an industrial environment. As can be
seen in Figure 1, the ratio controllers are implemented in the
form of multiplication blocks. A more complex implementation
of these ratio controllers would involve additional PI controllers
with the measured ratios as controller inputs, ratio setpoints and
flow outputs. Note that initiator and solvent feed rates do not
have feedback action in this example.

Performance of the Control Structure on the
Nonlinear Model

After preliminary testing of the control system performance
using the approximate linear model, it is necessary to test the
proposed control design on the complete nonlinear process mod-
el. The effect of setpoint changes for each of the four output
variables was examined in detail. Space only permits a presenta-
tion of some typical results.

Figures 8 and 9 illustrate the effect of a 10% increase in the
setpoint of the mole fraction of A in the polymer to simulate a
polymer type or grade change. Figure 8 shows the output vari-
able response to the composition setpoint change with feedfor-
ward and feedback control on. The performance of the system is

AIChE Journal

quite good with the properties near setpoint in about 5 time
units. However, the polymer molecular weight shows a more
complex dynamic behavior, which is characteristic of the highly
interactive dynamics of solution polymerization reactors, and
reaches steady state after approximately 8 time units. This case
does not include time delays in the gas chromatograph (GC)
measurement of recycle composition. Our simulation also indi-
cated that the behavior of the manipulated variables is quite
acceptable in order to achieve the controller performance shown
on Figure 9. For example, the jacket temperature does not vary
beyond 0.2% of its steady state value to control the reactor tem-
perature. The variation of the initiator and chain transfer flows
is more significant (5% and 45% of the steady state flows respec-
tively) but still acceptable.

Figure 9 illustrates the same setpoint change, except that a
sample and hold of 5 time units has been added to the recycle
GC composition measurements. This represents an enormous
delay (30 hours in the present example) and the response of the
system illustrated in Figure 9 has degraded significantly from
that shown in Figure 8. Obviously delayed information from the
GC’s violates the assumption of continuous new GC information
used in deriving the feedforward controllers. If the feedback
controllers were not in service, this degradation of performance
would occur for even shorter GC sample times. This case illus-
trates the robustness of the control scheme in the presence of
very large measurement delays. It also shows that if the sample
time is too long relative to the reactor residence time, degrada-
tion of control system performance will occur.

Figures 10 through 13 illustrate the effects of an unmeasured
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impurity in the monomer feed stream that was simulated by
adding to the fresh feed 0.01 part per billion inhibitor (m-
DNB). This disturbance occurred at = 5, after the reactor
reached steady state.

Figure 10 shows the open loop output variable response to the
step inhibitor disturbance without any control action at all. Even
with this low inhibitor concentration the polymer properties are
affected significantly. For example, the molecular weight has
tripled over its steady state value. Figure 11 illustrates the futil-
ity of only controlling the reactor temperature, even with feed-
forward on, in the face of this powerful reactor disturbance. The
reactor temperature is controiled well by the feedback control-
ler, but the polymer properties and production rate are still
affected significantly.

Figure 12 shows the output variable response and Figure 13
the manipulated variable response to the inhibitor step distur-
bance with both feedforward and complete feedback on. In this
case the controllers bring the properties and rate back to steady
state in a timely fashion. As shown in Figure 13, the solvent
flow saturates, which probably causes some deterioration in the
performance of the feedforward control. However, the correc-
tive action of the feedback controllers compensates for this
imperfection.

Discussion

Although these simulations indicate acceptable performance
of the proposed control strategy, several issues need to be

Polymerization Rate

30¢

0 20 40 60 80 100
T
Molecular Weight
12

Mpy* 104 g/mol

(o] 20 40 60 80 100
T

addressed before the final implementation of all levels of control
in a real plant.

The experimental verification of the nonlinear reactor model
is crucial in a practical implementation. The kinetic parameters
used in this reactor model were obtained from the literature
(Hamer et al, 1981; Brandrup and Immergut, 1975). These
parameters should be fine tuned using results of experiments on
a pilot or full scale reactor.

It has been assumed that accurate measurements of the out-
put variables are continuously available for feedback control.
This can be done easily for the reactor temperature but not for
the remaining outputs. Periodic laboratory analysis of solution
polymer concentration, polymer composition, and molecular
weight are usually available, but a significant sampling dead-
time is introduced. For control purposes, the required measure-
ments can be obtained either by improved online instrumenta-
tion such as an online viscometer or a refractometer or by using
a state estimator to infer the polymer properties between the
measurements. The estimator can be implemented in the form
of a modified Kalman filter as shown for example in the work of
Ellis et al. (1988).

The startup of the reactor with the recycle stream on may be a
significant problem when the goal is to minimize the amount of
off-specification product and maximize production rate. For
certain startup policies it may not even be possible to arrive at
the desired steady state, because this reactor is characterized by
multiple steady states as shown by Hamer et al. (1981). The
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Figure 10. Open-loop output variable response to inhibitor disturbance.
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Figure 13. Response of manipulated variables to inhibitor disturbance.
Feedforward and feedback control “on.” Variables plotted as fractions of steady-state values.

implementation of feedforward control during startup is dis-
cussed in the Supplemental Material.

The feedforward controllers will not operate optimally when
the assumptions used in their derivation are violated. Significant
delays in GC composition measurements, and errors in measure-
ment of flow and composition will cause imperfect feedforward
control. The additional complication of control valve saturation
may arise when one of the fresh feeds (in this case solvent) is not
consumed in the reactor. Chain transfer agent would cause a
similar problem if it were not distilled from the recycle stream.

The feedback strategy used in this paper is relatively easy to
implement and maintain. However, a more complex control
structure (e.g., Richards and Schnelle, 1988) would be justified
if further tests of this strategy indicate degradation of perfor-
mance or lack of robustness. Such tests could include using a
different operating point to simulate a different copolymer type
or polymerization rate. A tradeoff must then be made between
complexity and ease of use in the industrial environment. Dis-
tributed control systems and host computers are becoming more
and more powerful and prevalent so that implementation of
advanced strategies becomes feasible.

Conclusions

The problem of control of the solution polymerization process
detailed in this paper has been challenging because of the com-
plexity of the system. It has been shown that an extensive analy-
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sis using the process knowledge obtained from the mathematical
model can lead to a simple, easily maintainable design. Further-
more, a hierarchical approach has been adopted so that each
level of control may be tested and maintained independently.
Feedforward control of the recycle stream eliminates recycle
disturbances, thus separating the control of the reactor from the
rest of the process. Ratio controllers on the flows to the reactor
partially decouple the multivariable nature of the reactor con-
trol problem. Feedback control of polymer rate, composition,
molecular weight, and reactor temperature is accomplished
using PI controllers. The feedback PI and ratio controllers con-
trol the system in the face of disturbances and the nonlinear
behavior of the reactor. Parts of the process control scheme
described in this paper have been found successful in several
plant installations.
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Notation

A = Arrhenius factor, monomer A
B = monomer B, Intermediate variable in MWD calculations
C = concentration, kmol/m?
¢ = heat capacity, kJ/kg - K; intermediate variable in MWD calcula-
tions
E = activation energy, kJ/kmol
F = molar flow rate, kmol/s
G = mass flow rate, kg/s
H = enthalpy, kJ/kmol
1 = initiator
K = controller gain
k = kinetic rate constant
L - intermedjate variable in MWD calculations
M = molecular weight, kg/kmol
P = dead polymer
O - volumetric flow rate, m®/s
R = gas constant, kJ/kmol - K; reaction rate, kmol/m’ - s; ratio
r = reactivity ratio
S = surface area, m?, solvent
T = temperature, K, chain transfer agent
t = time, s
U = overall heat transfer coefficient, kJ/m? - s - K
V = volume, m®
y = mole fraction
Z = inhibitor

Greek letters

o = intermediate variable in MWD calculations
~ = intermediate variable in MWD calculations
¢ = initiator efficiency

# = residence time, s

\ = molar concentration of monomer in polymer
¢ = molar purge fraction

p = density, kg/m’

o = singular value

1 = dimensionless time, 7/6,; dimensionless controller reset time
x = intermediate variable in MWD calculations
¥ = moment of molecular weight distribution

Subscripts

a = monomer A

b = monomer B

¢ = termination by coupling (combination)

d = termination by disproportionation

f = feed to the reactor

h = hold tank

i = initiator, instantaneous

J = cooling jacket, stream counter

k = component counter
m = number of B units in polymer chain

n = number of A units in polymer chain, number average polymer

property

o = initial value

p = propagation, dead polymer

¢ = number of B units in polymer chain

r = reactor, number of A units in polymer chain

s = solvent, steady-state value, separator

t = chain transfer agent
w = weight average polymer property

x = chain transfer
z
°)

= inhibitor
= free radical

(

Superscripts

(") = variable scaled to its steady state value, e.g., Y3, = Y,/ Yoy
(*) = fractional deviation variable, e.g., Y3, = (Y, — Yo,.)/ Yoy
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Appendix: Formulation of the Nonlinear Model for
the Polymerization Reactor

The comprehensive solution copolymerization model used in
this paper is a generalization of models that have appeared in
the literature and have been verified experimentally (Hamer et
al., 1981; Schmidt and Ray, 1981; Schmidt et al., 1984).

Kinetic mechanism

The following free radical kinetic mechanism is postulated for
the polymerization of monomers A and B in the presence of ini-
tiator (I), solvent (S), chain transfer agent (7), and inhibitor
(Z). In this mechanism A,,s and B,,s symbolize growing
(“live”) polymer chains containing » units of monomer A and m
units of monomer B that terminate in A and B, respectively. P, ,
represents a “dead” polymer chain containing # units of mono-
mer A and m units of monomer B. In the calculation of the cross
termination rate constants it has been assumed that:

kcab = chaa kcbb
kdab = deaa kdbb

Initiation

k;
I— 2l

ki
I+ A— A

K
I+ B— By

ki
Se+ A A

ki
Se + B— B;,*

Ky
Te + A— A\

ki
Te + B—> By,

Propagation
kP“"
An.m. + A An+l,m'

k

pab

An,m. + B— Bn.m+l.

Koba
Bn,m. + A An+l,m.

Koy

Bn,m. +B— Bn,m+l.
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Termination by coupling

caa

App® + A Poirmig

ko
Appt + Br,q' Pn+r.m+q

kcbb

Bn.m. + Br,q. - Pn

+r.m+-q
Termination by disproportionation

kdaa
An,m. + Ar,q. Pn,m + Pr,q

Kas

Au.m. + Br.q. — P nm + P rg

kdbb
Bn,m. + Br,q. - Pn.m + Pr,q

Chain transfer to solvent

K
Ay + S —> Ppp + S*

K s
B,s+S— P, +S5

Chain transfer to monomer

Ksaa
Ay + A— Py + Arg®

Ko
An,m. + B — Pn,m + BO,]'

Kba

Bn,m. + A - Pn.m + Al.O.

ko
Bn,m' + B— Pn'm + BO.I'

Chain transfer to agent

kxal
A+ T— P, + Te

kxbl
Bn,m. +T— Pn,m + Te

Inhibition
ke
An,m' +Z— Pn,m
ky
Bn,m. + zZ— Pn,m
904

Each of these kinetic rate constants is computed by an Arrhe-
nius expression of the form:

k = Aet~FETD )

Values for the Arrhenius factor A and the activation energy £
are given in Table 7. These rate constants were not corrected for
the gel effect which becomes important at high reactor mono-
mer conversions.

Material and energy balances

Assuming that the copolymerization occurs in 2 continuous
stirred tank reactor (CSTR) with no volume change in the
reacting mixture, the following mole balances can be written for

Table 7. Kinetic and Thermodynamic Parameters
for Nonlinear Model

Kinetic Parameters
e=1
A =45x 10" 1/s
A = 4.209 x 10" m®/kmol - s
Ay = 1.61 x 10° "
Adaa =0 "
Ay =0 "
Apaa = 3207 x 10° "
Apay = 1.233 x 10° "
Appa = 2.103 x 10° 4
Appy = 6.308 x 10° "

Ay = 32.08 "
Ay = 1.234 ”
Ay = 86.6 "
A, = 2,085.0 »
Appg = 5.257 x 10° "
Ay = 1,577 ”
A = 1,514 "
Ay = 4.163 x 10° ”
Ay =122 ”

Ay~ 1.13 x 10° ”

E; = 1.25 x 10° kJ/kmol
E.u=269x10° "
Euy =400 x 100 7
Edaa =00
Eqas = 0.0
Eppe =242 x 10* ”
Epp=242x 10° "

Copa = 1.80 x 1047

Epp=242x 10
Eop—=242x 104 "
E.p=242x10° 7
E =242 x 104
E=242x10% 7
E., - 1.80 x 10* ”
E.p—=1.80x 104 7
E, — 180 x10* ”
E =242 x 10* "

Thermodynamic Parameters
—AH,,, = 54.0 x 10’ kJ/kmol
—AH,4, = 54.0 x 10° kJ /kmol
—AH,q = 86.0 x 10° kJ /kmol
—AH 4 = 86.0 x 10’ kJ/kmol

pr =8.79 x 10*kg/m’

Cr=201kl/kg - K

U,=60x1072kJ/m? - s - K J

June 1989 Vol. 35, No. 6 AIChE Journal



the monomers, the initiator, the solvent, the chain transfer
agent, and the inhibitor:

de Ckf - Ck
o~ g & (2)

C(0) = Cio
k=ab,istz
The reactor feed volumetric flow rate, concentrations, and

reactor residence time are calculated by the following equa-
tions:

FuM,
0~ }kj % 2.1)
F
Cy = 5"/’ (2.2)
v,
6, = — 2.3
o (2.3)

These mole balances are coupled with the following reactor
energy balance:

‘_1_7_2 _ Trf — Tr + (”AHpaa)kpaaCaCa- + (_AHpba)kpbaCaCb-

dt 0, [
+ (_‘AHpub)kpabeCn- + (*AHpbb)kpbbeCb-
Py
US AT, - T,
RS DR SO AEY
rprcr

The Long chain hypothesis (Ray, 1972) results in the follow-
ing expressions for the reaction rates:

Ry = {(kpao + kuao) Co + (kpba + k) ColC, 4
Ry = {(kypp + kp)Cin + (Kpap + Keat) CalCy (5)
R; = k,C; (6)

R, = (kuasCo + kG € M

R, = (kuaCor + kxiCp) €, (8)

R, = (k;Co + ki Cp)C, 9)

The instantaneous polymerization rate G, is therefore:
G, = RM, + R,M, 10)

Using the quasisteady-state assumption (Ray, 1972), the fol-
lowing expressions can be derived for the total reactor concen-
trations of free radicals terminating in A or B:

b+ VB~ 4l

Co=
2],

(1)
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G = BC,. (12)

In Egs. 11 and 12, the following intermediate variables are
defined:

_ (Kpap + k) C

B =
(kpba + kxba)Ca

(13)

b= Ko + aza + 28(Keas + kags) + B°(kepy + kap)  (14)
12 = Cz(kza + 6kzb) (15)

I, = —2k,Ce (16)

Dead copolymer composition

The following mole balances can be written for the calcu-
lation of the molar concentrations of the two monomers in the
dead polymer:

Dy Ay R, 2 (0)=x 17)
dt = 0, -+ a a = a0

dx —A

d—tb=‘£f‘Tb'+Rb )\b(O) =Ab0 (18)

The mole fraction of monomer A in dead polymer is calcu-
lated as follows:

A,
Ae + Ap

Yap = (19)

Number and weight average molecular weight

In the first part of this section the computation of the zeroth,
first, and second moments of the molecular weight distribution
(MWD) of the “dead” (not growing) copolymer is outlined.

These moments are defined as followsfor k =0, 1, . . ., o
V=22 (nM, + mM,)*P,, (20)
n=0 m=0

In the second part of this section, these moments are related
to the moments of the MWD of the *“live” (growing) copolymer,
which are defined as follows fork =0, 1, .. ., «:

VE=2 2 (nM, + mM,)* A4, (21)
n=0 m=0

V=Y (nM, + mM,)*B, (22)
n=0 m=0

The number average and weight average molecular weights
of the dead copolymer are then computed by the following rela-
tionships:

¥
M, = — 23
pn % ( )
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(24)

pw

<
I
SIS

Moments of the MWD of the dead copolymer

It is necessary to specify the reactor of interest in order to cal-
culate the moments of the MWD for the “dead” or stable poly-
mer (CSTR for this work). Using the generating function tech-
nique, the following dynamic equations are derived as in
Tsoukas et al. (1982):

Wy Y- 1, o
.Eg = _0!7’__0 + E kcaa(‘p() )2 + kcabwo ‘lbg

1 b2 . be

+ 3 kap(P0)* + Liys + Lyyg™  (25)

ay Y- oy an oy b oy
Tt KU K (UUAT YO

+ kaslo ¥ + Ly + Ly (26)
W _Wy -
dt 8

r

+ kol OT) + UEYET + ke QUIYE + WAVE + VYD)
+ kgl + UOVST + Lt + Lyt (27)

¥5(0) = ¥io
¥i(0) = A,
¥5(0) = ¥5, (28)

In these equations the intermediate variables L, and L, are
defined as follows:

Ly = koG, + kyaiCo + kG + kG
+ k.G, + kypaCo + kauCy (29)
Ly = ko C + by Gy + K ,C,
+ kG + kpC, + KappCo. + kaapCan (30)

Moments of the MWD of the live copolymer

The method of generating functions is used for this calcu-
lation (Ray, 1971a,b). These moments are the same for all reac-
tors and only depend on the local reaction environment. The
Symbolic Manipulation System MACSYMA has been used to
implement this method and to derive the following analytical
expressions for the zeroth, first, and second moments of the live
copolymer MWD:

B,
. =— 31
¥ B (31)
o _ oV (M, + M) + aye/M, B Bzfs (32)
B, B
906 June 1989

o —Bille + MM, + B, (M, + M, — 1)}
2 = B%
Vi (M, + M, — 1)(M, + M,)
+
B,
ae M, (M, — 1) 2B3B,
+ + 5
B, B
_ 232{a1a2V1(Ma + M) + oo M}
B}

+ 9

(33)

bt (34)

ao,V, (M, + M,) + aoesM,  B,B,
B, B?

be
] =

(35)

_ =Bul(ey + )M M, + By(M, + M, — 1)}
= B
n oV (M, + M, — 1) (M, + M,)
B,
My (M, — 1) 23%34 be
* B, FHERAL
_ 2By {eanVy (M, + M) + aye,M,)
B}

1z

(36)

The following combinations of kinetic parameters are used in
Eqgs. 31 to 36:

kpaaCa
(Keao + Kaaa)Cow + (Koap + kuap) Gy +
+ (kpaa + kxad)Ca + (kpas + ko) G
+ kG + koG + ki Gk (37)

a,:{

ks Cy
(kops + kupg) Coo + (Kap + ko) Coe +

+ (kpbb + kxbb)cb + (kpba + kxba)Ca
+ kxblCI + kxbscs + kszz} (38)

a2={

_ 2k1€Ci + CS‘ (kxasca- + kxbst-)

C
) kpaa(Ca + Cb)
Ct(kxalca' + kxthb-) + (kxaaCa- + kxbaCb-) (39)
kpaa(Ca + Cb) kpaa
¢y = 2kiECi + Cs(kxa.yca- + kxbscb-)
¢ Kopp (Cy + Cp)
Ct(kxatca' + kxthb-) (kxbbe~ + kxabCa-) (40)
koo (Cy + Cs) Kobs
kpna
ry= Ko (41
kpbb
- 2
ra K pra (42)
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kpba
v (43)

kpab
Cy = CgFyY (44)
e = (45)

Y

1

-— (46)

rr,
Vi=cx — ¢ 47
Vy = C3X — ¢4 (48)
By =1~ (o + @) + ayp(1 — x) (49)

B, = (M, + Mp)(1 — X)eyo; — )M, — oM, (50)
B; = a;c; + o,V (51)

B, = a4 + oy, ¥V, (52)

Separator and hold tank balances

These pieces of equipment are modeled as first-order lags on
the species concentrations with constant level:

dcks Ck:f - Cks

a0, (53)

Ci(0) =Ctoo k=a,b,i stz (54)
% - ———C""’;); S (55)
Can(0) = Cpor k=a,b,i,s, 1,2 (56)

Equations 1 to 56 form a system of nonlinear ordinary differ-
ential and algebraic equations that are integrated numerically
using a fifth- and sixth-order Runge-Kutta algorithm. This inte-
gration allows the computation of both dynamic and steady state
values for the polymerization rate, reactor temperature, co-
polymer composition, and molecular weight.
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